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a b s t r a c t

Solid oxide fuel cell systems integrated with a distillation column (SOFC-DIS) have been investigated in
this study. The MER (maximum energy recovery) network for SOFC-DIS system under the base conditions
(CEtOH = 25%, EtOH recovery = 80%, V = 0.7 V, fuel utilization = 80%, TSOFC = 1200 K) yields QCmin = 73.4 and
QHmin = 0 kW. To enhance the performance of SOFC-DIS, utilization of internal useful heat sources from
within the system (e.g. condenser duty and hot water from the bottom of the distillation column) and a
cathode recirculation have been considered in this study. The utilization of condenser duty for preheating
the incoming bioethanol and cathode recirculation for SOFC-DIS system were chosen and implemented
to the SOFC-DIS (CondBio-CathRec). Different MER designs were investigated. The obtained MER network
of CondBio-CathRec configuration shows the lower minimum cold utility (QCmin) of 55.9 kW and total cost
index than that of the base case. A heat exchanger loop and utility path were also investigated. It was
found that eliminate the high temperature distillate heat exchanger can lower the total cost index. The
recommended network is that the hot effluent gas is heat exchanged with the anode heat exchanger,
the external reformer, the air heat exchanger, the distillate heat exchanger and the reboiler, respectively.
The corresponding performances of this design are 40.8%, 54.3%, 0.221 W cm−2 for overall electrical effi-
ciency, Combine Heat and Power (CHP) efficiency and power density, respectively. The effect of operating

conditions on composite curves on the design of heat exchanger network was investigated. The obtained
composite curves can be divided into two groups: the threshold case and the pinch case. It was found that
the pinch case which TSOFC = 1173 K yields higher total cost index than the CondBio-CathRec at the base
conditions. It was also found that the pinch case can become a threshold case by adjusting split fraction
or operating at lower fuel utilization. The total cost index of the threshold cases is lower than that of the
pinch case. Moreover, it was found that some conditions can give lower total cost index than that of the

ase co

t
i
S
C
p

CondBio-CathRec at the b

. Introduction

A Solid Oxide Fuel Cell (SOFC) is known as one of potential power
enerator because of its high systematic efficiency, wide range of
pplications, and fuel flexibility. Typically, due to the high operating

emperature of SOFC and the remain of unreacted fuels from the
OFC stack, the high temperature effluent and the combustion heat
f unreacted fuels can be thermally utilized to other parts of the
ystem. In general, there are two possible options to utilize high
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emperature effluent and enhance high SOFC system performance,
.e. Solid Oxide Fuel Cell with Gas Turbine system (SOFC-GT) and
olid Oxide Fuel Cell with Combined Heat and Power system (SOFC-
HP). It should be noted that SOFC-CHP is the main focus in the
resent work.

Typically, SOFC-CHP system consists of preheaters, an SOFC
tack and an afterburner. A reformer is also required when other
ompounds apart from hydrogen were used as the primary feed.

ccording to the operation, the unreacted fuels and excess air

rom the stack are burnt in the afterburner to generate more heat.
ntil now, several configurations of the SOFC system have been
roposed. Fontell et al. [1] and Zhang et al. [3] studied natural
as-fed system integrated with a desulfurization unit. According

http://www.sciencedirect.com/science/journal/03787753
http://www.elsevier.com/locate/jpowsour
mailto:pdouglas@uwaterloo.ca
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Nomenclature

CEtOH ethanol concentration [mol%]
E electromotive force of a cell [V]
Ea activation energy [J mol−1]
F Faraday constant [C mol−1]
i current density [A cm−2]
I current [A]
LHVEtOH lower heating value of ethanol [J mol−1]
nEtOH total ethanol flow rate fed to the distillation column

[mol s−1]
pi partial pressure of component i [kPa]
P pressure [kPa]
Pden power density [A cm−2]
Q1 energy required for Preheater 1 [kW]
Q2 energy required for Preheater 2 [kW]
Q3 energy required for a reformer [kW]
Q4 energy required for Preheater 4 [kW]
Q5 energy left in a bottom stream of the distillation

column [kW]
Q6 energy involved with the combustion of exhausted

gases after being cooled to the exit temperature
[kW]

QCon condenser duty [kW]
QNet net useful heat [kW]
QReb reboiler duty [kW]
QSOFC,Net net exothermic from SOFC [kW]
r area specific resistance [� cm2]
ract activation polarization area specific resistance

[� cm2]
rohm ohmic polarization area specific resistance [� cm2]
rH2,cons rate of hydrogen consumed by the electrochemical

reaction [mol s−1]
R gas constant [J mol−1 K−1]
Sp split faction
Tanode,in anode inlet temperature [K]
Tcath,in cathode inlet temperature [K]
TRF reforming temperature [K]
TSOFC SOFC temperature [K]
Uf fuel utilization [%]
V operating voltage [V]
We electrical power [kW]

Greek letters
�CHP CHP efficiency [%]
�elec,ov overall electrical efficiency [%]
� resistivity [� cm]
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a anode
c cathode

o the configuration in Fontell’s work, the anode effluent pro-
ided heat to the anode incoming stream and was then split
nto two streams; the first stream was burnt with the air efflu-
nt from the cathode in the afterburner, whereas the second one
as recirculated and mixed with the inlet stream before being fed

o the pre-reformer. The exhaust gas from the afterburner pre-

eated both water stream and the sulfur-free stream. Regarding
hang’s work, the split of anode outlet stream was also applied
ut it was not used for preheating the incoming anode stream;
he exhaust gas from the afterburner was only used to heat the
ir inlet stream and the pre-reformer was operated under adia-
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atic condition. Omosun et al. [2] studied biomass-fueled SOFC
ystem and compared between hot and cold processes. Accord-
ng to the cold process, the anode and cathode effluent preheated
he incoming anode and cathode stream, respectively, before being
urnt in the afterburner. On the contrary, there is no use of anode
ffluent to heat the incoming anode stream for the hot process.
hey reported that the heat management of hot process gave the
uperior electrical and overall efficiency to that of the cold pro-
ess; however, the cost of the hot process is higher than that of
he cold process due to the fluidized bed gasifier and the hot
eramic filter. Braun et al. [4] studied an anode supported SOFC
ith micro CHP for residential applications. The effect of fuel

ypes (hydrogen/methane), mode of methane reforming (inter-
al/external reforming), fuel processing with anode recirculation,
xidant processing with cathode recirculation and the combina-
ion of recycle and internal reforming on the system performance
ere investigated. The results showed that the methane-fueled sys-

em with cathode and anode recirculation with internal reforming
ielded the highest efficiency among all designs. System electri-
al efficiency and CHP efficiency are 40% (HHV) and 79% (HHV),
espectively.

A few investigations on ethanol-fed SOFC system have previ-
usly been published. Generally, ethanol-fed SOFC system consists
f a vaporizer, preheaters, a reformer, an SOFC stack and an
fterburner. Douvartzides et al. [5] used exergy analysis and opti-
ization strategy to investigate the system performance and

eported that the exergy loss of SOFC can be minimized by matching
he appropriate reforming temperature and air preheating temper-
ture. With the same system configuration, Douvartzides et al. [6]
lso compared the performance of SOFC system fed by methane
ith that fueled by ethanol. The exergy analysis indicated that the

fficiency of the methane-fed system is higher than that of the
thanol-fed one. Arteaga et al. [7] studied ethanol-fed SOFC sys-
em consisting of a mixer, a vaporizer, an ethanol/water mixture
eater, a compressor, a reformer, a fuel cell stack and a furnace
y using pseudo-homogenous model. They reported that the heat-
ng consumption for vaporizing the H2O/EtOH mixture increases

ith increasing the steam to EtOH ratio (H2O:EtOH) and H2 pro-
uction initially increases but decreases when the H2O:EtOH ratio

s higher than 8. In addition, the increase of reforming temperature
romoted the fuel cell efficiency and decreases energy required for
eating up the synthesis gas before reaching SOFC stack; however,
he higher energy consumption for the external reformer is also
equired.

Most of the previous studies on the ethanol-fed SOFC system
ave been carried out by using pure ethanol mixed with water. From
n energy point of view, it is not efficient and necessary to purify
ioethanol to highly pure ethanol as some water is usually required
or the steam reforming reaction. Therefore, purifying bioethanol
ust to reach a desired ethanol concentration needed for the steam
eforming is adequate. The SOFC system implemented with a dis-
illation column (SOFC-DIS) has been considered in our previous
ork [8]. The hot effluent from the afterburner was used for heat-

ng all heaters, an external reformer and a boiler of a distillation
olumn. The possibility to operate the SOFC-DIS as a self energy-
ufficient system was examined. It was found that the SOFC-DIS
ystem can operate without an external heat source. Nevertheless,
he calculation in our previous study was based on the direct sub-
raction between net supply energy and net consumption energy
n the system, and no details on heat transfer arrangement were

onsidered. Moreover, other useful heat in the system (e.g. con-
enser duty and hot water at the bottom of the distillation column)
ere not utilized. Also, the high temperature of air coming out from

he cathode should also be considered as the SOFC stack is usually
perated under excess air.
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temperature. Therefore, both reactions can be neglected in calcula-
tions. The components inside the SOFC stack were calculated based
on thermodynamics calculation. The performance of the SOFC was
calculated by equilibrium components inside the stack and based
on one-dimensional calculation. Details of SOFC model including

Table 1
ig. 1. Schematic diagram of base case SOFC-DIS systems at the base condition
cath,in = 1000 K, TRF = 1023 K and P = 101.3 kPa).

The main objective of this work is to study the performance of
he SOFC-DIS when all heat transfer is considered. Moreover, other
seful heat, e.g. condenser duty and hot water from the bottom of
he column and the cathode recirculation are taking into account
o enhance the performance of SOFC-DIS. In addition, the effect
f operating conditions on composite curve is also examined and
astly the designs of the heat exchanger network for the SOFC-DIS
ystem are further investigated.

. SOFC-DIS process system modelling using Aspen PlusTM

Fig. 1 shows the simplified process flow diagram of the SOFC-DIS
ystem; the SOFC-DIS system was simulated using Aspen PlusTM

006.
The SOFC-DIS system consists of a distillation column, an exter-

al reformer, heaters, coolers, an SOFC stack and an afterburner.
ioethanol containing 5 mol% ethanol (C2H5OH) is introduced to
he distillation column at atmospheric pressure and 298 K and
urified to a desired concentration. Thereafter, the concentrated
thanol is fed to the Heater-1 prior to entering the external reformer
n order to reform ethanol to H2. The synthesis gas from an external
eformer is further heated by Heater-2 and fed to an anode side of
he SOFC stack for producing electricity. The air stream is heated
n Heater-3 and then fed to the cathode side of the SOFC stack.
he exhaust gas from the SOFC stack containing small amount of
nused fuel enters the afterburner where excess fuel is combusted
o produce additional heat for use in the system. The heat recovery
rom the post-combustion stream can be calculated by cooling the
ot effluent from the afterburner to 403 K before emitting to the
urrounding.

The Peng–Robinson thermodynamic option set, suitable for non-
olar light components, was used for all units except the distillation
olumn; the UNIFAC activity coefficient model was used in the dis-
illation column.

One design-spec was used in simulation. Design-spec-1 was used
o adjust incoming bioethanol flow rate (stream 1) to reach the fuel
tilization target. In addition, the stack area also keeps constant by
sing calculated current density and the operation of Design-spec-
. The target fuel utilization and voltage was set. The calculations of
ass balance, energy balance and performances were performed

nside the user-subroutine SOFC. The calculated mass, enthalpy and
ther physical properties (i.e. density, molecular weight) of anode
nd cathode stream were sent through material stream numbers 9
nd 10, respectively. The details of modelling for each unit in the
ystem are described below.
.1. Distillation column

The distillation column is modelled using Aspen PlusTM rigor-
us distillation model, RadFrac. A partial condenser and a kettle

P

r

r
r

tOH = 25%, EtOH recovery = 80%, Uf = 80%, V = 0.7 V, TSOFC = 1200 K, Tanode,in = 1100 K,

eboiler are used in this study. Four stages are sufficient to purify
ioethanol until it reaches the concentration of 41 mol% with 99%
ecovery. It should be noted that 41 mol% is the maximum ethanol
oncentration that can be fed to the external reformer without car-
on formation [9]. UNIFAC which is suitable for polar systems, in this
ase the mixture of ethanol and water, at atmospheric pressure is
sed as a thermodynamics equation for the distillation column. A
adFrac built-in Design-spec was used to adjust the distillate rate
nd reflux ratio to obtain the desired ethanol concentration and
ecovery.

.2. Ethanol reformer

In this study, an RGibbs reactor model was used for simulat-
ng the external reformer. Previous experimental results confirmed
hat a gas mixture at thermodynamic equilibrium contains only five
omponents with noticeable concentration: i.e. carbon monoxide,
arbon dioxide, hydrogen, steam, and methane [10,11]. Therefore,
hese five components and one more ethanol component are mod-
lled in the reactor.

.3. SOFC stack

The SOFC stack is simulated by using a user-subroutine named
SRUSR. The subroutine contains mass and energy balance equa-

ions and SOFC performance equations. For the mass balance, the
ynthesis gas which contains CO, CO2, H2, CH4 and H2O is fed to
he SOFC stack. Only water gas shift reaction and electrochemical
eactions take place inside the SOFC stack as shown in the following
quations.

O + H2O = H2 + CO2 (1)

2 + 1
2 O2 → H2O (2)

It should be bear in mind that water gas shift reaction is fast
quilibrium reaction. Ethanol reforming is not considered in the
tack as trace amount of ethanol is present in the product stream
or the reformer. In addition, methanation hardly takes place at high
arameters for activation loss [12].

act (� cm2) k (×10−13 A cm2) Ea (kJ mol−1 K−1) m

act,c 14.9 160 0.25
act,a 0.213 110 0.25
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Table 2
Parameters of ohmic loss in SOFC cell components [13].

Materials Parameters Thickness (�m)
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streams, which need to be cooled, were cooled using a cold utility.
The minimum temperature difference for heat exchange was fixed
at 10 K and it was assumed that the heat capacity of all streams was
constant during heat exchanging process. Cooling water at 293.2 K
and fired heat at 1273.2 K were selected as cold and hot utilities

Table 3
Operating parameters at base conditions.

Parameter Value/quality

Fuel option Bioethanol with 5 mol%
CEtOH 25 mol%
Ethanol recovery 80%
Uf 80%
Voltage 0.7 V
node (40% Ni/YSZ cermet) 2.98 × 10
athode (Sr-doped LaMnO3:LSM) 8.11 × 10−5

lectrolyte (Y2O3-doped ZrO2:YSZ) 2094 × 10−5

nterconnect (Mg-doped LaCrO3) 1.256 × 10−3

erformance calculations are presented in Tables 1 and 2 and in
ur previous work [8]. The energy balance equation, the SOFC stack
perates under steady state and adiabatic condition. The energy
quation can be calculated by enthalpy change and power around
he SOFC stack as presented in Eq. (3).

= Hfuel,in + Hair,in − Hfuel,out − Hair,out − We (3)

ecause the inlet and outlet temperature of the streams was set,
he required amount of air was then calculated.

.4. Afterburner

The afterburner was modelled using the Rstoic, stoichiometric
eactor model. All unreacted products from an SOFC stack (e.g.
H4, CO, and H2) are reacted with the unreacted O2 as shown in
qs. (4)–(6). The complete combustion is assumed. It should be
oted that ethanol is not present in the afterburner due to com-
lete ethanol reforming [8]. In this study, N2 is assumed to be inert
nd no NOX is produced.

H4 + 2O2 → CO2 + 2H2O (4)

O + 1
2 O2 → CO2 (5)

2 + 1
2 O2 → H2O (6)

.5. Heaters and coolers

Heaters and coolers were modelled using the Heater model in
spen PlusTM. One only needs to supply the desired exit temper-
ture and the model calculates the heat duty resulting from the
hange in enthalpy between the inlet and the specified outlet.

.6. Performance definition

In this study, overall electrical efficiency and CHP efficiency can
e calculated as

elec,ov = We

(nEtOH × LHVEtOH) + Qext
(7)

CHP = We + QU

(nEtOH × LHVEtOH) + Qext
(8)

here We represents the electrical power, LHVEtOH the low heating
alue of ethanol, �elec,ov the overall electrical efficiency, �CHP the
ombine Heat and Power (CHP) efficiency, QU the net heat produced
y the SOFC-DIS system after heat exchanging with heaters and a
eboiler, Qext the external heat from an external heat source, Qk the
nergy consumption at Heater k, QReb the reboiler duty.

.7. Heat exchanger network
The obtained information from Aspen PlusTM was used to design
eat exchanger network by using Aspen PlusTM HX-NET module
version 2006). The input data for HX-Net is initial temperature,
emperature target and enthalpy change. The effect of operating

T
T
T
T
P

−1392 150
600 2000

10350 40
4690 100

onditions (i.e. ethanol concentration, ethanol recovery, fuel uti-
ization, voltage and split fraction) on the composite curves and
he design of heat exchanger network was also investigated. Hot
tility and cold utility used in this work are fired heat and cooling
ater, respectively. For costing, five year was used for the operating
eriod.

.8. System configuration study

In this work, condenser duty, hot water from the bottom of the
olumn and cathode recirculation were also considered to enhance
he performance of SOFC-DIS. Since hot water at the bottom and
ondenser duty is low-temperature heat source, the application
f these types of heat is to preheat incoming low-temperature
eactants, in this case, incoming air or bioethanol. Four additional
onfigurations are listed as below.

Case a: No thermal heat integration (No-HX).
Case b: Utilization of heat from the condenser to incoming
bioethanol (CondBio).
Case c: Utilization of heat from hot water at the bottom of the
column to incoming bioethanol (HW-Cond).
Case d: Utilization of heat from the condenser to incoming air
(Cond-Air).
Case e: Implementation of cathode recirculation (CathRec).

All options were compared and a suitable configuration was cho-
en for further design of heat exchanger network of SOFC-DIS. The
iscussion will be presented in the following section.

. Results and discussion

.1. Heat exchanger network for base case SOFC-DIS

The base case of the SOFC-DIS is illustrated by Fig. 1. All cold
rocess streams, which need to be heated, were heated using a hot
tility to reach the target temperatures. Likewise, all hot process
SOFC 1200 K
RF 1023 K
anode,in 1100 K
cath,in 1000 K

101.3 kPa
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Table 4
Information of hot and cold streams at the base case SOFC-DIS (No-HX).

Stream no. Stream label Tin (K) Tout (K) Load (kW) MCp (kW K−1)

Hot stream
Cooler-1 (11–12) H1 1304.9 403.0 847.3 0.940
Condenser (2a–2b) H2 365.9 365.9 48.8 Large
Cooler-2 (3b–13) H3 369.3 303.2 45.4 0.687

Cold stream
Air stream (7b–8) C1 298.2 1000.0 580.7 0.827
BioEtOH stream (1) C2 298.2 – – –
Anode heater (5–6) C3 1023.0 1100.0 7.3 0.095
Distillate stream (2–4) C4 365.9 1023.0 50.9 0.078
Reboiler (3a–3b) C5 298.2 369.3 149.1 2.097
Reformer (4–5) C6 1023.0 1023.0 85.4 Large
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ditions is shown in Fig. 4. Obviously, the utility can be reduced to
Qc = QHmin = 0 and Qc = QCmin = 73.4 kW. It can be seen that the hot
effluent gas after the afterburner (stream no. 11) is heat exchanged
with the anode inlet stream (C3) first and then the reformer (C6),
the distillate stream (C4), the air stream (C1) and finally the reboiler
ig. 2. Heat exchanger network of base case SOFC-DIS (No-HX) at the base condit
cath,in = 1000 K, TRF = 1023 K and P = 101.3 kPa).

espectively. The base operating conditions, shown in Table 3, are
EtOH = 25 mol%, EtOH recovery = 80%, V = 0.7 V, Uf = 80%, TRF = 1023 K
nd TSOFC = 1200 K. The starting temperature, target temperature,
eat load and heat capacity of all hot and cold streams for the base
ase are presented in Table 4. The heat exchanger network involv-
ng only utility heaters and coolers for the base case is presented in
ig. 2. It can be seen that the major energy consumers are Heater-2,
he air preheater (580.4 kW or 66.5% of the overall energy con-
umption) and the reboiler (149.1 kW or 17.1% of the overall energy
onsumption); the net energy consumption is 873.1 kW which is
upplied by the hot utility. It can be seen that the hot stream from
he afterburner is the major energy supplier and contains 847.3 kW
f thermal energy which, in this case, corresponds to the cooling
nergy by the cold utility. Electrical power of 220.5 kW is produced.
he overall electrical efficiency, CHP efficiency and correspond-
ng power density of SOFC-DIS are 15.8%, 76.5% and 0.229 W cm−2,
espectively.

The composite curves at the base conditions, when the min-
mum temperature difference (�Tmin) is set at 10 K, are shown in
ig. 3. The cold composite curve move closely until it reaches �Tmin
o as to yield the maximum energy recovery. As shown in Fig. 3,
he composite curves become the threshold case where no pinch
oint occurred; in other words, the composite curves were adjusted
o reduce the hot and cold utilities and the need for a hot util-
ty was eliminated before the curves pinched. From the composite

urve results, the minimum heating utility required is QHmin = 0 and
he minimum cooling utility required is QCmin = 73.4 kW. In prac-
ical terms, this means that we can eliminate entirely the need
or a hot utility of 873.1 kW shown in Fig. 2, by appropriate heat

F
r
T

CEtOH = 25%, EtOH recovery = 80%, Uf = 80%, V = 0.7 V, TSOFC = 1200 K, Tanode,in = 1100 K,

xchange; we will, however, still need to buy a small amount of
ooling utility. The next step is to design an appropriate MER (max-
mum energy recovery) network, i.e. one that results in QH = QHmin
nd QC = QCmin. Note that it is impossible to find a network that
ill result in QH < QHmin or QC < QCmin at the current design and

perating conditions. An example of MER network of the base con-
ig. 3. Composite curves of SOFC-DIS at base conditions (CEtOH = 25%, EtOH
ecovery = 80%, Uf = 80%, V = 0.7 V, TSOFC = 1200 K, Tanode,in = 1100 K, Tcath,in = 1000 K,
RF = 1023 K and P = 101.3 kPa).
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and the CathRec configurations were compared. For the CathRec,
the SOFC-DIS operates at split fraction of 0.5 which means that
half of the cathode outlet stream is recycled and mixed with fresh
air while the rest of cathode stream is fed to the afterburner. It

Table 5
System performance and total cost index of the SOFC-DIS with different
configurations.

Overall electrical
efficiency (%)

CHP efficiency
(%)

Total cost
index

No-HX (base case) 15.79 76.45 1.000
ig. 4. MER network of SOFC-DIS at the base conditions (CEtOH = 25%, EtOH recovery
= 101.3 kPa).

C5). However, the hot effluent gases cannot supply heat sufficiently
o the reboiler. Some heat from the condenser need to supply heat
o the reboiler before the reboiler is heated by the hot effluent gases.
his is because if the reboiler is heat exchanged with the effluent
ases and afterwards by other hot streams (i.e. the heat from the
ondenser and the hot water of the bottom of the column), the tem-
erature of the reboiler after heat exchanged with the hot effluent
ases will be higher than the starting temperature of the other hot
treams. Therefore, the heat cannot be transferred and the hot util-
ty is required. The MER network cannot be obtained. However, it
hould be noted that providing heat to the reboiler requires two
ot streams and causes in the high complexity in operation.

.2. Effect of process structure and operating conditions

.2.1. Utilizing internal heat and adjusting process flowsheet
To lower the requirement of cold utility for No-HX case used

or cooling down the other hot streams, the useful heat from the
verhead vapour stream going to the condenser and the useful heat
rom hot water from the bottom of the distillation column are used
or providing heat to other parts of the system. As mentioned ear-
ier, the heat from the vapour stream going to the condenser and
rom hot water are low-temperature heat streams. To utilize this
eat, preheating incoming reactants (air or bioethanol) is reason-
ble. Moreover, a large amount of air is introduced to the system in
rder to cool down the SOFC stack. However, the amount of air
s more than that needed for burning unreacted fuels from the
node. Therefore, it appears that some benefits could be gained
rom thermal integration of the heat from the hot streams (that
eed to be cooled) to the cool streams (that need to be heated).
n investigation of the performance of SOFC-DIS when the cathode
ecirculation is implemented into the system will be performed.
our different configurations of the system are shown in Fig. 5 with
ifferent lines. In this study, the utilization of the heat recovery
rom the condenser for preheating incoming bioethanol (CondBio)
epresenting by dashed line, the heat recovery from condenser for
reheating incoming air (Cond-Air) representing by dotted line,
he heat recovery from the hot water from the distillation column
or preheating bioethanol (HW-Bio) represented by dash dot line
nd the implementation of cathode recirculation (CathRec) repre-

ented by long dash line are considered. It should be noted that
he heat from the vapour stream going to the condenser and from
ot water are low-temperature heat streams which are suitable for
reheating incoming reactants (air or bioethanol). Moreover, a large
mount of cooling air introduced to the SOFC in order to cool down

C
H
C
C
C

, Uf = 80%, V = 0.7 V, TSOFC = 1200 K, Tanode,in = 1100 K, Tcath,in = 1000 K, TRF = 1023 K and

he stack is more than that needed for burning unreacted fuels from
he anode. Therefore, some air outlet from the SOFC stack should
e split and recycled in the system. Heat exchanger networks of dif-
erent configurations are presented in Figs. 6–10. The performances
e.g. overall electrical efficiency, CHP efficiency and total cost index)
f all configurations have been summarized in Table 5. It should
e noted that the total cost index is calculated from the total cost
f each configuration divided by the total cost of the base case in
hich no heat integration is considered. In addition, the total cost is
summation of operating cost from hot utility and cold utility and

apital cost of heat exchangers, heaters and a cooler in the system.
Since the bioethanol feed stream is available to the system at

98 K it is sub-cooled and needs heating either in the column
increasing the reboiler heat duty) or prior to entering column via
eat exchange with a process stream (reducing the energy con-
umption in the reboiler). Two options, CondBio and HW-Bio are
onsidered to be logical choices for preheating the bioethanol feed
tream. From Table 5, the results show that the CondBio yields a
lightly higher CHP efficiency and lower total cost index than does
he HW-Bio case. Hot water from the bottom of the distillation
olumn yields 46.9 kW for preheating incoming bioethanol in the
W-Bio case. The heat recovery from the condenser (48.8 kW) is

ully utilized for preheating bioethanol because the temperature at
he condenser remains constant during heat exchange as shown in
ig. 6. On the other hand, the temperature of the hot water drops
hile exchanging heat as presented in Fig. 7. Due to higher overall

lectrical efficiency, high CHP efficiency and lower total cost index,
he CondBio configuration is selected for preheating bioethanol.

To preheat the incoming air, the performance of the Bio-Air
ondBio 16.26 78.73 0.965
W-Bio 16.21 78.48 0.969
ond-Air 16.95 81.74 0.948
athRec 21.67 79.87 0.662
ondBio-CathRec 22.53 74.71 0.641
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Fig. 5. Schematic diagram of SOFC-DIS systems: (a) No-HX, (b) CondBio, (c) HW-Bio, (d) Cond-Air and (e) CathRec at the base conditions (CEtOH = 25%, EtOH recovery = 80%,
Uf = 80%, V = 0.7 V, TSOFC = 1200 K, Tanode,in = 1100 K, Tcath,in = 1000 K, TRF = 1023 K and P = 101.3 kPa).
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ig. 6. Heat exchanger network of SOFC-DIS (CondBio) at the base condition
cath,in = 1000 K, TRF = 1023 K and P = 101.3 kPa).
hould be noted that the heat recovery from hot water to preheat
ncoming air has not been studied because the heat cannot be fully
ransferred as mentioned earlier in the previous section. From the
esults, Table 5, the CHP efficiency for both the Bio-Air configuration

a
t
h
C

ig. 7. Heat exchanger network of SOFC-DIS (HW-Bio) at the base conditions (CEtOH = 25%, Et
RF = 1023 K and P = 101.3 kPa).
H = 25%, EtOH recovery = 80%, Uf = 80%, V = 0.7 V, TSOFC = 1200 K, Tanode,in = 1100 K,
nd the CathRec configuration shows similar potential. However,
he overall electrical efficiency of the CathRec configuration is 5%
igher than that of the Bio-Air. In addition, the total cost index of the
athRec configuration is 28% lower than that of the Bio-Air config-

OH recovery = 80%, Uf = 80%, V = 0.7 V, TSOFC = 1200 K, Tanode,in = 1100 K, Tcath,in = 1000 K,
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Fig. 8. Heat exchanger network of SOFC-DIS (Cond-Air) at the base conditions (CEtOH = 25%, EtOH recovery = 80%, Uf = 80%, V = 0.7 V, TSOFC = 1200 K, Tanode,in = 1100 K,
Tcath,in = 1000 K, TRF = 1023 K and P = 101.3 kPa).

Fig. 9. Heat exchanger network of SOFC-DIS (CathRec) at the base conditions with Sp = 0.5 (CEtOH = 25%, EtOH recovery = 80%, Uf = 80%, V = 0.7 V, TSOFC = 1200 K, Tanode,in = 1100 K,
Tcath,in = 1000 K, TRF = 1023 K and P = 101.3 kPa).

Fig. 10. Heat exchanger network of SOFC-DIS (CondBio-CathRec) at the base conditions with Sp = 0.5 (CEtOH = 25%, EtOH recovery = 80%, Uf = 80%, V = 0.7 V, TSOFC = 1200 K,
Tanode,in = 1100 K, Tcath,in = 1000 K, TRF = 1023 K and P = 101.3 kPa).
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ig. 11. Composite curves of SOFC-DIS (CondBio-CathRec) at base conditions
ith Sp = 0.5 (CEtOH = 25%, EtOH recovery = 80%, Uf = 80%, V = 0.7 V, TSOFC = 1200 K,

anode,in = 1100 K, Tcath,in = 1000 K, TRF = 1023 K and P = 101.3 kPa).

ration, therefore, the CathRec configuration is selected to preheat
he incoming SOFC air. The Bio-Cond and the CathRec configura-
ions are then combined, so-called CondBio-CathRec, and chosen
o be further designed for a process-to-process heat exchanger net-
ork. It can be noticed that the CondBio-CathRec configuration

ields the highest overall electrical efficiency and the lowest total
ost index as shown in Table 5. The heat exchanger network for
he CondBio-CathRec configuration is also presented in Fig. 10. The
mount of utility for QC = 566.0 kW and QH = 454.8 kW are required.
oticeably, high amount of hot and cold utility are still needed. The
omposite curve of the CondBio-CathRec configuration at the base
onditions with Sp = 0.5 when �TMin is set at 10 K is presented in
ig. 11. The narrowest gap in the threshold problem is so called
pseudo-pinch’ and in this case, it is located at the air inlet temper-
ture. The base conditions with Sp = 0.5 is still a threshold problem
ith QCmin = 55.9 and QHmin are 0 kW, respectively. Clearly, the heat

xchanger network for the CondBio-CathRec in Fig. 10 needs more
ork to be done to reach an MER network.

The design of the threshold case follows the same rules as that
f the pinch case. To design a MER network, it is necessary to
esign the heat exchanger network above and below the pseudo-
inch point separately because the pseudo-pinch is in the middle
f the composite curves. The following rules for the MER design are
equired [14].

1) No cold utility is used above the pinch point.
2) No hot utility is used below the pinch point.
3) No heat transfer across the pinch point.
The heat capacity (MCp) of each stream at the base conditions
ith Sp = 0.5 are presented in Table 6. Overall, there are two hot

treams (a hot flue gas from the afterburner (H1) and heat recovery
rom the condenser (H2)) and six cold streams (e.g. a syngas stream

p
t
M
i
c

able 6
nformation of each unit operated at the base condition (threshold problem).

tream no. Stream label Tin (K)

ot stream
ooler-1 (11–12) H1 1382.9
ondenser (2a–2b) H2 366.0

old stream
ir stream (7b–8) C1 755.0
ioEtOH stream (1a–1b) C2 298.2
yngas stream (5–6) C3 1023.0
istillate stream (2–4) C4 366.0
eboiler (3a–3b) C5 298.2
eformer (4–5) C6 1023.0
Sources 187 (2009) 190–203

C3), a reformer (C6), a distillate stream (C4), an air stream (C1),
reboiler (C5) and a bioethanol inlet (C2)). However, it should be
oted that the heat recovery from the condenser has to be matched
ith the bioethanol inlet as the CondBio is selected for preheat-

ng the incoming bioethanol. For the design above pseudo-pinch,
he MCp of the hot stream has to be lower than the cold stream
ear the pseudo-pinch point in order to avoid the temperature
rossover [14]. The possible cold streams that can be matched with
he hot stream near the pinch point are the reformer and the air
tream. However, when the reformer is the last unit which is near
he pseudo-pinch point, the hot flue gas cannot supply heat to the
eformer due to low inlet temperature for heat exchange. Conse-
uently, the hot flue gas cannot be cooled down to the pseudo-pinch
emperature using process streams. Cold utility is required above
he pseudo-pinch and this violates the rule for MER design. There-
ore, the only configuration which ends with the air heat exchanger
s considered for the above pseudo-pinch design. Below the pseudo-
inch, one hot stream and two cold streams (e.g. a distillate stream
C4) and a reboiler (C5) are considered. It is known that the MCp of
he hot stream must be higher than that of the cold stream near the
ow-temperature pinch point [14]. From Table 6, only the MCp of
he distillate is higher than that of the hot flue gas. Therefore, only
ne match is possible. The hot stream has to exchange heat with the
istillate and then with the reboiler. From these preliminary con-
iderations, there are six possible MER designs, D1 through D6, for
he pinch case. The sequences of heat exchanging for MER designs
re listed as follows. The first stream label is the first cold stream
o be heat exchanged with hot stream and so on.

D1: C3–C4–C6–C1–C4–C5
D2: C3–C6–C4–C1–C4–C5
D3: C4–C3–C6–C1–C4–C5
D4: C4–C6–C3–C1–C4–C5
D5: C6–C3–C4–C1–C4–C5
D6: C6–C4–C3–C1–C4–C5

The total cost index of all six designs is presented in Table 7. All
ix MER designs have the target energy of 21.2 and 62.5 kW for hot
tility and cold utility, respectively. From the results, it can be seen
hat the total cost index for all six designs are similar but Design D2,
3–C6–C4–C1–C4–C5 shows the lowest total cost index from the six
onsidered among other designs and is then chosen for a further
esign. The heat exchanger network of D2 MER design is next pre-
ented in Fig. 12. The utility meets the utility targets at QCmin = 55.9
nd QHmin = 0. Obviously, changing process structure by implement-
ng cathode recirculation and adding one more heat exchanger to

reheat incoming bioethanol can reduce QCmin from 73.4 kW (for
he No-HX case) to 55.9 kW. It should be noted that although all six

ER configurations (D1–D6) are somewhat complex from operabil-
ty point of view and one should the tradeoff between annualised
ost and complexity; one maybe able to simplify the design how-

Tout (K) Load (kW) MCp (kW K−1)

403.0 510.6 0.521
366.0 47.2 Large

1000.0 210.3 0.858
345.7 47.2 0.994

1100.0 7.0 0.091
1023.0 49.4 0.075
369.3 105.4 1.482

1023.0 82.7 Large
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Fig. 12. The MER design of SOFC-DIS (CondBio-CathRec) at the base conditions with Sp = 0.5 (CEtOH = 25%, EtOH recovery = 80%, Uf = 80%, V = 0.7 V, TSOFC = 1200 K, Tanode,in = 1100 K,
TRF = 1023 K and P = 101.3 kPa).
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total costs index follow the sequence of C3–C6–C1–C4–C5 (base-
no E3 case) ≈ C3–C6–C4–C1–C5 (base-no E5 case) < MER case. The
ig. 13. The design of SOFC-DIS (CondBio-CathRec) without E3 at the base cond
anode,in = 1100 K, TRF = 1023 K and P = 101.3 kPa).

ver it will no longer be an MER design and will cost more. Clearly,
he distillate stream requires two heat exchangers for heating up
o the target temperature, one high temperature heat exchanger
E3) and one low-temperature heat exchanger (E5) and results in
n E3–E5–E5–E3 loop in all configurations as shown by the dark line
n Fig. 12. Two heat exchanges are present on the distillate stream

nd this loop results in the complexity of the design and operability
ifficulties. In an attempt to simplify the network we removed one
f the heat exchangers on the distillate stream; however, it is not
bvious which ones of the distillate heat exchangers should be elim-

able 7
otal cost index for different designs.

onfiguration Total cost indexa

o-HX CondBio-CathRec (base case) 1.000
1 (C3–C4–C6–C1–C4–C5) 0.3559
2 (C3–C6–C4–C1–C4–C5) 0.3556
3 (C4–C3–C6–C1–C4–C5) 0.3559
4 (C4–C6–C3–C1–C4–C5) 0.3565
5 (C6–C3–C4–C1–C4–C5) 0.3559
6 (C6–C4–C3–C1–C4–C5) 0.3562

a Operate at the base condition (CEtOH = 25%, EtOH recovery = 80%, Uf = 80%,
= 0.7 V, TSOFC = 1200 K, Tanode,in = 1100 K, TRF = 1023 K and P = 101.3 kPa).

o
o

T
C

T
B
B
B
B

A
1
1
1
1

with Sp = 0.5 (CEtOH = 25%, EtOH recovery = 80%, Uf = 80%, V = 0.7 V, TSOFC = 1200 K,

nated. Table 8 shows the operating cost index, capital cost index
nd total cost index for different cases. In this section, the total cost
ndex can be calculated by the ratio of total cost of each design to the
otal cost of the MER design at the base conditions with Sp = 0.5. The
perating cost index of the base-no E3 case is lower than that
f the base-no E5 case because large amount of heating utility

able 8
ost estimation of the SOFC-DIS of different scenarios.

Operating
cost index

Capital cost
index

Total cost
index

hreshold problem
ase condition-MER 1.000 1.000 1.000
ase-no E3 7.381 0.930 0.996
ase-no E5 11.31 1.018 1.124
ase-no E3-no path 19.55 0.826 1.020

voiding pinch (based on MER design)
173 K 8.719 1.102 1.181
173 K–Uf75 2.093 0.848 0.860
173 K–Sp0.3 0.442 1.077 1.071
173 K–Sp0.7 1.407 0.836 0.841
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s required to heat up air stream to meet the target temperature
or the case of base-no E5. However, the base-no E3 case requires
wo heaters to heat up both distillate stream and air stream and
esults in higher capital cost index but still lower than that of the
ER case.
The benefit of eliminating path of utility is also investigated. As

hown in Fig. 13, there is a path connecting the cold and hot utilities

ia the distillate heater shown by the dark line. The total cost index
f the case of no path (base-no E3-no path) and the base-no E3
re compared and presented in Table 8. It was found that the total
ost index of the case without path way is higher than that of the
ase-no E3. This is because the operating cost of the base-no E3-no

3

c
a
fi

ig. 14. Composite curves of SOFC-DIS at different operating conditions: (a1) CEtOH , = 17 m
= 0.65 V, (c2) V = 0.75 V, (d1) Uf = 75%, (d2) Uf = 85%, (e1) Sp = 0.3, (e2) Sp = 0.7, (f) TSOFC = 1
Sources 187 (2009) 190–203

ath is almost three times higher than that of with path. There-
ore, it can be concluded that the base-no E3 is the most preferable.
ne heater has to be located after the distillate heat exchanger.
he corresponding performances of this design are 40.8%, 54.3%,
.221 W cm−2 for overall electrical efficiency, CHP efficiency and
ower density, respectively.
.2.2. Effect of operating conditions
The effect of operating conditions (e.g. ethanol recovery, ethanol

oncentration, fuel utilization, voltage, split fraction, SOFC temper-
ture, cathode inlet temperature) on the composite curves was
rst investigated. The EtOH recovery and CEtOH are in the range

ol%, (a2) CEtOH , = 41 mol%, (b1) EtOH recovery = 70%, (b2) EtOH recovery = 90%, (c1)
173 K, (g) Tcath,in = 1100 K.
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Fig. 14.

f 70–90% and 17–41 mol%, respectively. It should be noted that
he maximum ethanol concentration that can be fed to the exter-
al reformer without carbon formation is 41 mol% [9]. Also, in this
tudy, only high ethanol recovery is considered due to high SOFC
fficiency. Fuel utilization and voltage were varied from 70 to 85%
nd 0.65 to 0.75 V, respectively and the split fraction was varied
rom 0.3 to 0.7. The SOFC temperature of 1173 K and the cathode
nlet temperature of 1100 K were examined. Fig. 14 shows the com-

osite curves at these different conditions. Noticeably, it can be
een that the distillation parameters (e.g. ethanol concentration
nd recovery) does not have significant effect on the composite
urves. For SOFC operating conditions, voltage, fuel utilization and
plit fraction have a strong effect on the composite curves. For the

o
i
c
a
t

inued ).

ffect of voltage, the higher the voltage, the steeper the composite
urves. This can be explained that the lower voltage relates to higher
mount of heat loss within the SOFC stack. Therefore, to maintain
he temperature inside the stack, more air is required, resulting
n lower outlet temperature from the afterburner and higher heat
apacity of hot stream. It should be noted that the slope of com-
osite curve is inverse with heat capacity of the streams. Hence,
he less steep slope of the hot composite curve is obtained. More-

ver, because more air is required for cooling the stack, more heat
s needed at the air heater and results in less steep slope of the
old composite curve as illustrated in Fig. 14(c1). In addition, for
lower Uf, more unreacted fuel is burnt in the afterburner and

his results in a higher outlet temperature of the hot flue gas and
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ig. 15. MER design of SOFC-DIS (CondBio-CathRec) (CEtOH = 25 mol%, EtOH rec
RF = 1023 K and P = 101.3 kPa).

ore heat recovered from the afterburner as shown in Fig. 14(d1).
onsequently, the cold composite curve moves horizontally toward
he hot composite curve until it reaches the threshold case in
hich no hot utility is required. For the higher Uf (in this case,
f = 85%), the lower temperature of the hot flue gas is obtained.
he cold composite curve moves horizontally to the hot compos-
te curve and reaches the pinch point before it meets the threshold
ondition.

The effect of split fraction was investigated. At low split frac-
ions, a lower amount of high temperature air from the cathode
s mixed with the fresh air; therefore, lower air inlet temperature
nd more energy is consumed in the air heater. Consequently, the
lope of the cold stream, especially that of the air heater, decreases
nd the location of the kink on the cold stream changes. Noticeably,
he outlet temperature of hot flue gas from the afterburner is lower
ecause more air, heat carrier, is burnt inside the afterburner. The

ess steep hot stream can be detected due to higher amount of air
n the hot flue gas stream. Higher split fractions result in a larger
mount of air to be mixed with the fresh air. A higher air inlet tem-
erature and the lower energy consumption at the air heater were
bserved. However, when the amount of air fed to the afterburner
s reduced, the outlet temperature of the hot stream is higher. Also,

ower amount of air in the hot flue gas results in a steeper slope of
he hot stream.

From the results, the composite curves can be divided into two
roups: (1) the pinch problem and (2) the threshold problem. For
he pinch case, the conditions that were found to cause a pinch point

m
o
b
b
t

able 9
nformation of each unit operated under pinch problem.

tream no. Stream label Tin (K)

ot stream
ooler-1 (11–12) H1 1331.6
ondenser (2a–ab) H2 365.9

old stream
ir stream (7b–8) C1 742.1
ioEtOH stream (1a–1b) C2 298.2
yngas stream (5–6) C3 1023.0
istillate stream (2–4) C4 365.9
eboiler (3a–3b) C5 298.2
eformer (4–5) C6 1023.0
= 80%, Uf = 80%, V = 0.7 V, Sp = 0.5, TSOFC = 1173 K, Tanode,in = 1100 K, Tcath,in = 1000 K,

n the composite curves are: CEtOH of 41 mol%, operating voltage
f 0.65 V, cathode inlet temperature of 1100 K, SOFC temperature
f 1173 K and Uf of 85%. Other conditions resulted in the thresh-
ld case. The MER design for the pinch case when TSOFC = 1173 K
re presented in Fig. 15. The heat capacity and heat load for each
tream are presented in Table 9. It can be noticed that QCmin = 62.5
nd QHmin = 21.2 kW. The total cost index is compared to that of the
hreshold case at the base conditions with Sp = 0.5 in Table 8. It
hould be noted that the total cost indexes for the pinch case are cal-
ulated based on the total cost of the base-MER cases; therefore, the
otal cost index of the pinch case can be directly compared to that of
he threshold cases. Table 8 shows that operating at TSOFC = 1173 K
ields higher operating cost, capital cost and total cost than the
ase-no E3 case.

.2.3. Avoiding a pinch point by operating at different conditions
As mentioned earlier, the pinch point was found when oper-

ting at CEtOH = 41 mol%, TSOFC = 1173 K, Tcath,in = 1100 K, Uf = 85%
r V = 0.65 V. It can be noticed that the pinch point occurs at
he air inlet temperature; therefore, we investigated the effect
f the SOFC-DIS operating conditions on the pinch point. As
hown in Fig. 14, the shape of composite curves changes dra-

atically when Uf, split fraction or voltage change. In this case,

nly split fraction and fuel utilization are considered. It should
e noted that adjusting voltage is not considered in this study
ecause it directly affects the SOFC stack performance. In addi-
ion, lower split fraction, higher split fraction and lower fuel

Tout (K) Load (kW) MCp (kW K−1)

403.0 455.5 0.486
365.9 38.6 Large

1000.0 214.5 0.832
345.5 48.4 1.023

1100.0 5.7 0.074
1023.0 40.3 0.061
369.4 86.1 1.209

1023.0 67.6 Large
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tilization are examined. As mentioned in the preceding sec-
ion, lower split fraction reduces the slope of the cold stream
nd the kink at the air heater occurs at a lower temperature;
his could eliminate the pinch point. For higher split fractions,
teeper hot composite curves could also help avoiding the pinch
oint as shown in the wider gap between the hot and cold
omposite curves in Fig. 14(e). Lastly, operating at lower fuel uti-
ization can make the hot composite curve have higher outlet
emperature and probably affect the gap between the composite
urves.

For TSOFC = 1173 K, the results show that when the SOFC-DIS oper-
tes at a higher split ratio (Sp = 0.7) or lower value (Sp = 0.3) or
ower Uf = 75%, the pinch point disappears and a threshold problem
s obtained. At Uf = 85%, operating SOFC-DIS at Sp = 0.7 or 0.3 the
inch point disappears. The total cost index of the pinch case and
he threshold case are compared and shown in Table 8. When the
OFC-DIS operates at threshold conditions, lower total cost index
s obtained for all cases. The total cost index are in the sequence
f 1173 K–Sp = 0.7 < 1173 K–Uf = 75% < 1173 K–Sp = 0.3. In addition, it
an be seen that the 1173 K–Sp = 0.7 and 1173 K–Uf = 75% yield lower
otal cost index than that of base-no E3 case. This can be implied
hat adjusting operating conditions can lower the total cost index
t the base conditions.

. Conclusions

The performance of a thermally integrated SOFC system inte-
rated with a distillation column (SOFC-DIS) was presented in
his study. The heat exchanger network of the SOFC-DIS with-
ut thermal integration (No-HX SOFC-DIS) at the base conditions
as first investigated. QCmin of 73.4 kW and QHmin of 0 kW were

equired. The improvement of SOFC-DIS by changing process struc-
ure and utilizing internal heat sources (e.g. condenser duty and
ot water from the bottom of the distillation column) was then
xamined. It was found that a utilization of condenser duty to
reheat an incoming bioethanol and a cathode recirculation sig-
ificantly helped reducing an energy demand for the reboiler and
he air heater, respectively and resulted in higher overall electri-
al efficiency and lower total cost index. The system configuration
s so-called ‘CondBio-CathRec’. The MER network for the CondBio-
athRec was then obtained. It was found that the MER network

an reduce QCmin of 73.4 kW in No-HX case to 55.9 kW. The heat
xchanger loop and utility path in MER network were further stud-
ed. It was found that eliminating high temperature distillate heat
xchanger (E3) yields the lowest total cost index. Conclusively,
he recommended network for SOFC-DIS at the base condition is

[
[
[

ources 187 (2009) 190–203 203

3–C6–C1–C4–C5 that means the hot effluent from the afterburner
as designed to provide heat to an anode heat exchanger first and

hen an external reformer, an air heat exchanger, a distillate down-
tream heat exchanger and finally a reboiler. The effect of operating
onditions on the network was then investigated. The results were
ound that no pinch point occurs except for CEtOH = 41 mol% or the
athode inlet temperature of 1100 K or TSOFC = 1173 K or Uf = 85%.
he MER network for the pinch case when TSOFC = 1173 K was inves-
igated and found the higher total cost index. Lastly, the results
howed that TSOFC = 1173 K can become a threshold case when oper-
ting at lower/higher split fraction or lower fuel utilization. The
esults found that the obtained threshold problem yields lower total
ost indexes than that of the pinch case (TSOFC = 1173 K). Moreover,
t can be noticed that changing operating conditions (e.g. lower
uel utilization or higher split fraction) can achieve the lower total
ost index than that of the base conditions. Suitable operating con-
itions which yield the lowest total cost index should be further

nvestigated.
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